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The catalyst bed dilution technique has found rather widespread applications as a 
means of producing reliable and reproducible results for successful scale-up and scale- 
down when testing commercially used catalyst particle sizes and alternative feedstocks 
in small-scale laboratory trickle-bed reactors. In such small-diameter laboratory units 
when the catalyst used in commercial units is employed as the only packing, low liquid 
velocities lead to incomplete catalyst utilization due to incomplete external catalyst wet- 
ting, liquid maldistribution, and wall effects. Diluting the bed with fines is recommended 
to remedy these shortcomings. The effect of the bed dilution with fines on catalyst 
wetting efsiciency, pressure drop, and liquid holdup are quantij?ed. A t  atmospheric pres- 
sure, fines improve the catalyst wetting eficiency by increasing both the pressure drop 
and liquid holdup. A t  high-pressure operation, wetting efsiciency improves further, 
whereas pressure drop increases and liquid holdup decreases. In a highly diluted bed 
(e.g., 2 or more volume fines/l volume catalyst) the improvement in catalyst wetting 
efsiciency is about the same as that achieved in a bed packed according to our recom- 
mended procedure, which is based on filling the uoidage of the original bed with fines. 

Introduction 
Trickle-bed reactors (Figure la )  are fixed beds of catalyst 

particles, contacted by the cocurrent downflow of gas and liq- 
uid. The catalyst particles are always porous and usually are 
in the form of extrudates, spheres, tablets, or granules of di- 
ameter ranging from 1 to 3 mm (DudukoviC and Mills, 1986; 
Gianetto and Specchia, 1992). Trickle beds are widely used 
in the petroleum (hydrogenation, hydrocracking, hydrodesul- 
furization, hydrodenitrogenation, alkylation, etc.), petro- 
chemical (hydrogenation, oxidation, etc.), and chemical in- 
dustries (hydrogenation of higher aldehydes, reactive ammi- 
nation, liquid-phase oxidation, syngas conversion, etc.), as well 
as in waste treatment (oxidation of dilute aqueous and or- 
ganic solutions, etc.), biochemical processes (using immobi- 
lized enzymes or cells, etc.), and electrochemical processing. 
The vast majority of industrial trickle-bed reactors operate at 
high pressure, up to about 20-30 MPa (3,000-4,500 psig), in 
order to improve the solubility of the gaseous reactant, 
achieve better heat transfer, and to slow down catalyst deac- 
tivation. While various flow regimes exist in these reactors, 
they can be lumped into two basic ones: the low-interaction 
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regime (trickle-flow regime) and the high-interaction regime 
(pulse, spray, wavy, bubble, and dispersed-bubble flow 
regimes). Trickle-flow regime is of particular industrial inter- 
est. In this regime, the catalyst is either partially externally 
wetted at low liquid mass velocities (external contacting effi- 
ciency is less than one, qcE < 1) or fully externally wetted at 
high liquid mass velocities (qcE = l), as shown schematically 
in Figure l b  and lc, respectively. 

The design of commercial trickle-bed reactors is based on 
translation of laboratory (bench-scale) data to large-scale 
units (i.e., scale-up). In other circumstances, when the com- 
mercial process is well established, laboratory studies are 
aimed to provide information concerning the behavior of new 
catalyst, alternative feedstocks, and so forth (i.e., scale-down). 
For both scale-up and scale-down laboratory investigations 
are essential. Current economic considerations require that 
the smallest possible laboratory units be used for scaledown 
and scale-up (Sie, 1991). This poses the following challenges. 
Since laboratory scale reactors need to match the space ve- 
locity of commercial units, the actual velocities in them are 
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Figure 1. (a) Trickle-bed reactor; (b) externally fully wetted particles in trickle-flow regime; (c) externally partially 
wetted particles in trickle-flow regime. 

much lower, which may lead to incomplete catalyst utilization 
due to partial external catalyst wetting. It is known that cata- 
lyst wetting improves with increased liquid mass velocity (Mills 
and DudukoviC, 1982). In commercial trickle-bed reactors, the 
liquid superficial mass velocity, L, (liquid mass flow rate di- 
vided by the cross-sectional area of the empty reactor) can be 
up to 50 kg/m2.s, while the superficial gas mass velocity, G, 
reaches up to 25 kg/m2.s. In a laboratory reactor usually L 
< 0.1 kg/m2.s, while < G < kg/m2.s. It is evident 
that liquid superficial velocities are changed dramatically with 
scale-up and scale-down. Table 1 shows typical trickle-flow 
hydrotreating processes data for differeat sizes of trickle-bed 
reactors (Sie, 1991). 

Moreover, catalyst particles of the size, type, and shapes 
employed in the commercial reactor are often used in labora- 
tory reactors of inside diameter between 1 cm to 3 cm 
(Anderson and Pratt, 1985). Hence, the effect of reactor di- 
ameter is more pronounced in a laboratory reactor where the 
empirical criterion of dr/dp 2 20, which assures good and 
uniform liquid distribution, usually is not met. At low reactor 
to catalyst particle diameter ratio, dr/dp, the bed voidage and 
specific surface per unit volume near the wall deviates from 
the mean statistical fluctuation in the interior of the bed. The 
bed voidage reaches a value of unity very close to the wall, 
while the specific area approaches zero close to the wall if 
only particle surface is considered, but may attain a higher 
value than the average value if the wall surface is also taken 
into account. This wall effect can contribute to deviation from 
ideal plug flow of liquid, in which all catalyst is utilized equally 
and where each particle is surrounded by a flowing film of 
liquid. Accordingly, low liquid mass velocity and possibly wall 
effects in laboratory reactors can cause liquid maldistribu- 
tion, hysteresis effects, and poor utilization of the catalyst 
bed due to the reduced catalyst wetting efficiency, %E (Sie, 
1991; Van Klinken and Van Dongen, 1980; DudukoviC and 
Mills, 1986; Gierman, 1988). It was found that hysteresis ef- 
fects in laboratory trickle-bed reactors with uniform liquid/gas 

distributors could be eliminated by prewetting the bed with 
liquid (soaking the bed at least over night), operating the re- 
actor first in the high interaction regime (i.e., high mass ve- 
locities), and then reducing the mass velocities to the desired 
values (Kan and Greenfield, 1979; Levec et al., 1988). More- 
over, such laboratory reactors may not be packed repro- 
ducibly, which causes fundamental difficulties in interpreta- 
tion of kinetic data. The hydrodynamics and reaction kinetics 
are so closely interlinked in trickle-bed reactors that great 
caution must be exercised in separating their effects on con- 
version and selectivity. It is known that contacting efficiency 
can have a significant effect on the catalyst effectiveness fac- 
tor for partially wetted catalyst pellets. This can profoundly 
affect reactor performance. It has been found that incom- 
plete wetting and effectiveness factor are strongly coupled 
phenomena (DudukoviC and Mills, 1986; Beaudry et al., 1986, 
1987; Zhukova et al., 1990; DudukoviC, 1977; Herskowitz and 
Smith, 1983). Therefore the significance of partial wetting on 
the global rate of reaction depends on intra- and interparti- 
cle diffusion and the volatility of the limiting reactants and of 
the solvent (Herskowitz and Smith, 1983). If the limiting re- 
actant is nonvolatile and Thiele modulus is small, &, the 
effect of the wetting efficiency (0.6 I vcE I 1.0) on the effec- 
tiveness factor is not large (Herskowitz and Smith, 1983; 

Table 1. Typical Hydrotreating Data for Different Sizes of 
Trickle-Bed Reactors 

Pilot Bench 
Specification Commercial Plant Scale Microflow 

0.008 Catalyst vol., L 
Diameter, cm 250 4 2 1 

10 Length, cm 2,000 
0.006 Liquid vel., cm/s 1.1 

Re, 55 22 1.4 0.3 

10 0.15 

800 50 
0.4 0.03 

100,000 

LHSV=21 (~/h); v = 3 x l O - ’  m2/s; d,=0.15 cm. 
After Sie, 1991. 
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Zhukova et al., 1990). If the limiting reactant is volatile and/or 
partially volatile, the effect of qcE depends on the interparti- 
cle diffusion. Therefore Thiele modules, &, which is the ra- 
tio of the maximum reaction rate and the maximum rate of 
internal diffusion transport, determines whether the catalyst 
effectiveness factor will be primarily affected by external con- 
tacting efficiency, since the catalyst pores in trickle-bed reac- 
tor are usually completely filled with liquid, particularly for 
prewetted bed (DudukoviC and Mills, 1986). For large moduli 
(& x-- 1) qcE is the dominant variable, and the utilization of 
the catalyst is proportional to the fraction of the external area 
wetted, over which the reactant is supplied to the reaction 
zone. For small moduli (& <( 11, when interparticle diffu- 
sion can be neglected and the reaction rate is completely ki- 
netically controlled, the effect of qcE on effectiveness factor, 
and hence on the catalyst, utilization is diminished (Dudu- 
kovi6, 1977; Herskowitz and Smith, 1983): Herskowitz and 
Smith (1983) showed that the effect of partial wetting is very 
significant at high values of Thiele modulqs, &, and at low 
liquid superficial flow rate. Moreover, in such case small 
changes in qcE may cause significant change in the effective- 
ness factor, and hence in the catalyst utilization. Thus, if the 
data obtained in a laboratory reactor are not obtained under 
well-defined hydrodynamic conditions, or conditions dupli- 
cating the situation in large units, it can lead to bad commer- 
cial design and improper interpretation of catalyst testing or 
evaluation of an alternative feedstock. 

Diluting the laboratory catalyst beds with fines (small, in- 
ert, and nonporous particles of about 0.1 catalyst diameter), 
as shown in Figure 2, has been recommended and utilized to 
overcome the shortcomings in the hydrodynamics of labora- 
tory scale reactors (Koros, 1976; Van Klinken and Van Don- 
gen, 1980; Sie, 1991). In this technique, inert fines are dis- 
persed among the catalyst particles. More solid-solid contact 
points and areas over which liquid flows are created, result- 
ing in reduced voidage in the bed, particularly near the reac- 
tor wall. This is not the same as reducing the size (0.8 mm-0.2 
mm or crushed catalyst) of the uniform catalyst particles in 
the bed that is often used as another alternative. The latter 
does not increase the number of contacting points per unit 
volume as much as the addition of fines does, and also alters 
the catalyst effectiveness factor due to reduced intraparticle 
diffusional effects. Hence, the industrial relevance of data 
obtained is doubtful unless extensive modeling is employed. 
Accordingly, testing ground catalyst is not suitable for obtain- 
ing predictive data for industrial operation. However, small 
catalyst particles (crushed or fines) are impractical to be used 
in large-scale packed-bed reactors because they cause exces- 
sively high pressure drop. When we add inert fines to the 
catalyst bed, the hydrodynamics is largely dictated by the 
fines, whereas the catalytic phenomena are governed by the 
catalyst particle of the same shape, size, and form as used in 
the industrial units and, hence, the catalytic performance of 
the full-size catalyst can be determined properly in small 
units. This is, in fact, a decoupling of hydrodynamics and ki- 
netics, which means that although the hydrodynamic condi- 
tions of diluted laboratory reactor differ from the hydrody- 
namics of commercial reactor, fines allow the small reactor to 
approach kinetically the performance of large-scale reactors 
by improving the plug-flow character of the laboratory reac- 
tor. This means that the small-scale reactors with diluted cat- 

Liquid & Gas 

1 

1 
Liquid & Gas 

Figure 2. Diluted bed with fines. 

alyst beds can be representative of an actual trickle-flow re- 
actor in a reaction kinetic sense only, and that it is not a 
small-scale replica of a commercial reactor in all aspects (Sie, 
1991; Van Klinken and Van Dongen, 1980). It was found by 
many investigators that catalyst utilization is better in a bed 
diluted with fines due to better liquid distribution (increased 
liquid holdup as well), reduced wall effects, and minimization 
of axial dispersion (Sie, 1991; Sedriks and Kenney, 1973; Ko- 
ros, 1976; Van Klinken and Van Dongen, 1980; Carruthers 
and DiCamillo, 1988). A qualitative conclusion has been de- 
duced that improving the reactor performance is the result of 
improving the catalyst wetting efficiency. Unfortunately, no 
study appeared in the open literature that confirms quantita- 
tively the effect of fines on the catalyst wetting efficiency. 

The catalyst-bed dilution technique just described has 
found rather widespread applications as a useful technique 
for scale-up and scale-down and as means to allow meaning- 
ful testing of commercial used catalyst particle sizes and al- 
ternative feedstocks in small-scale laboratory reactors. It is 
noteworthy that the meaningful results of the dilution tech- 
niques would be negated if the packing method of mixing the 
bed of catalyst and fines fails to produce reproducible results. 
Previous studies in the literature that utilized fines did not 
report how the diluted bed was packed to ensure repro- 
ducibility (Koros, 1976; Gierman, 1988; Carruthers and 
DiCamillo, 1988; Van Klinken and Van Dongen, 1980). This 
has been corrected in a recent article by Al-Dahhan et al. 
(1 995). 

It should be mentioned that another alternative for scale-up 
and scale-down of trickle-bed reactor is to operate the unit in 
the upflow mode (i.e., packed bubble column where the two 
phases are in upflow). Upflow reactors are often used in lab- 
oratory/pilot plant scales studies for testing catalysts and al- 
ternative feedstocks for commercial trickle-bed processes, 
since in them complete catalyst wetting is ensured. Unfortu- 
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nately, fully wetted catalyst is obtained at the expense of in- 
creased liquid holdup, which can alter the relative amount of 
homogeneous and heterogeneous reactions occurring in more 
complex systems and should be avoided. In addition, upflow 
can lead to more dispersion and flow nonidealities than en- 
countered in beds with fines. Finally, holdup and flow regimes 
in diluted bed are closer to those in trickle-beds than in up- 
flow. However, the use of fines in upflow reactors would miti- 
gate the dispersion effects and eliminate the possibilities of 
channeling and flow nonideality. 

In this study the effect of fines on the catalyst wetting effi- 
ciency as well as on pressure drop and liquid holdup in 
trickle-bed reactors has been investigated by measuring liq- 
uid-catalyst contacting via a tracer technique and the im- 
provement in contacting has been confirmed. 

Experimental Investigation 
Facility description 

A high-pressure trickle-bed facility has been designed and 
developed to operate at a pressure up to 7 MPa ( 1,000 
psig) (Al-Dahhan, 1993). Figure 3 shows the process and in- 
strumentation diagram of the facility. The experimental setup 
consists of a high-pressure trickle-bed reactor setup, liquid 
and gas delivery systems, tracer technique setup, and the 
data-acquisition system. LDW- and high-pressure experiments 
can be performed, and liquid holdup and pressure drop can 
be measured simultaneously over a broad range of operating 
conditions. Two reactors have been designed and con- 
structed. One contains a thick optically clear acrylic window 
(ID = 2.2 cm) to observe the two-phase flow at least near the 
wall, while the other is a l-in. (25.4-mm) SS tubing (ID = 2.19 
cm). The length of these reactors is 22.5 in. (57.15 cm). The 
reactor’s gas/liquid distributor has been designed similarly to 
the industrial-type distributor to ensure uniform liquid and 
gas distribution at the bed inlet. The bottom of the reactor is 
connected to the gas/liquid separator. The separator is con- 
structed from a thick, optically clear acrylic to monitor the 
liquid level. Its bottom was designed like a funnel in order to 
minimize the liquid volume in the bottom part of the separa- 
tor, which is important for the dynamic tracer experiments. A 
demister of stainless steel mesh is mounted in the upper part 
of the separator to trap the liquid mist from the gas-effluent 
stream. Liquid phase is delivered to the reactor by either a 
high-pressure feed tank or a high-pressure metering pump. 
The exit liquid stream from the gas/liquid separator is split 
into the sampling and waste stream. The sampling stream goes 
to either an on-line differential refractometer or to a needle 
valve for manual sample collection. The waste stream passes 
through a back-pressure regulator to the rotameter and then 
flows to a waste tank. The gas phase is delivered to the reac- 
tor from high-pressure gas cylinders. The gas is allowed to 
pass through two high-pressure saturators (bubblers) to be 
saturated with liquid in order to prevent evaporation in the 
catalyst bed. The gas outlet stream from the gas-liquid sepa- 
rator passes through two back-pressure regulators. Upon 
leaving the regulators, the gas flows to high and low range 
rotameters and then to the vent. A high-pressure differential 
pressure transducer, which is used to measure the pressure 
drop across the catalyst bed, is connected to the top and bot- 
tom of the reactor bed. Liquid holdup is measured by simul- 
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Calibration Waste tank 
line High pressure pump 

Figure 3. Process and instrumentation diagram (P&ID) 
of the trickle-bed reactor facility. 

taneously shutting off the inlet and outlet streams and drain- 
ing the reactor. The remaining holdup in the bed is measured 
by weighing the reactor after being drained and subtracting 
the weight of the dry reactor. This holdup consists of external 
to the catalyst and capillary (inside the pore) holdups. 

The tracer setup consists of an injection valve, sampling, 
and analytical equipment. The tracer is introduced in the liq- 
uid stream through a high-pressure multiport valco valve lo- 
cated close to the reactor and equipped with either a l-mL 
or a 3-mL loop. Differential refractometer is used to analyze 
the outlet stream in liquid-filled operation. In two-phase flow 
operation, differential refractometer fails to operate properly 
at high pressure due to continuous release of bubbles inside 
its sampling cell, Therefore, samples are collected manually, 
each 10 to 30 s, and a Gas Chromatograph (column: 20% 
SP2100/0.1% Carbowax) is utilized to measure the tracer 
concentration (heptane in hexane). The facility is connected 
to a portable, flexible, and user-friendly data-acquisition and 
computation system. Detailed discussion about the design and 
the facility development can be found in Al-Dahhan (1993). 

Packing the bed with a mixture of catalyst and fines 
It is important to ensure that the reactor is packed repro- 

ducibly with a mixture of catalyst and fines. This is because 
even if a uniform liquid distribution is achieved at the distrib- 
utor, significant bypassing (channeling) and/or segregation 
could occur due to the improper way the catalyst and fines 
are packed, which could produce nonreliable data (Gierman, 
1988). Ensuring a uniform catalyst/fines distribution along the 
bed, and reproducing such uniformity, is essential to avoid 
channeling and segregation. 

Packing laboratory trickle-bed reactors with a mixture of 
catalyst and fines is an ill-defined art. Some claim to use dry 
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methods, others utilize wet methods, and the “word of mouth” 
recipes for the volumetric ratio of fines to catalyst particles to 
be used vary from 1 to 1 to 10 to 1. We investigated both the 
dry and wet methods. In the dry method a predetermined 
volumetric mixture of fines and catalyst is prepared and 
poured into the bed with vibration of the reactor tube. In wet 
methods a slurry of fines, catalyst, and solvent is poured in 
the reactor with or without pressing the bed. We also studied 
using exactly the amount of fines that fill all voids of the 
original catalyst bed. In this case, beds were packed portion 
by portion as well as whole. The findings were described in a 
recent manuscript (see Al-Dahhan et al., 1995). We have 
found that the most reproducible and most uniform distribu- 
tion of fines was obtained by using a dry method of packing 
with the fines to catalyst ratio selected in such a way so as to 
have just enough fines to completely occupy the voids in the 
bed packed only by catalyst particles. The recommended pro- 
cedure to achieve this uniform and reproducible packing and 
its comparison to other methods were reported (Al-Dahhan 
et al., 1995; Al-Dahhan, 1993). The appendix summarizes the 
steps for the recommended technique. 

Liquid-catalyst contacting eflciency determination 
The tracer technique is chosen for determination of exter- 

nal catalyst contacting efficiency because it is the most 
promising in rapidly producing contacting information, and 
we have experience with it. It is also the only technique that 
allows the determination of contacting efficiency in actual 
beds under operating conditions using catalyst packing and 
liquid of interests (DudukoviC and Mills, 1986; Van Klinken 
and Van Dongen, 1980; Sicardi et al., 1980a,b). Schwartz et 
al. (1976) and Colombo et al. (1976) introduced the tracer- 
based methods to evaluate both icternal and external con- 
tacting efficiency. The evaluation of these parameters is based 
on the method of moments. Mills and Dudukovif (1981,19821, 
El-Hisnawi (1981), El-Hisnawi et al. (19821, and Hanratty and 
DudukoviC (1992) confirmed the validity of this method. In 
tracer-based methods for determination of external contact- 
ing efficiency, an impulse of nonadsorbing tracer is injected 
into the liquid at the inlet of the trickle-bed reactor and the 
impulse response is monitored at the outlet. The first mo- 
ment, pl, and the variance, u2, of the normalized bed im- 
pulse response, E(t ) ,  are then calculated numerically from 
the experimental data based on their defining equations. The 
first moment represents the mean residence time, while the 
variance represents the measure of the spread of the re- 
sponse peak about the mean: a low value of u 2  corresponds 
to a narrow peak, and conversely (DudukoviC and Felder, 
1983). 

The calculated values of the first moment, p l ,  and the 
variance, u2, can be utilized to evaluate liquid holdup and 
effective diffusivity of the tracer, respectively. As shown by 
Colombo et al. (1976) and Mills and DudukoviC (1981, 1982), 
a reliable estimate can be obtained by evaluating from the 
variance of the impulse response the apparent effective diffu- 
sivity for the reactor in a two-phase flow operation, (De),, 
and for a liquid-filled reactor (i.e., single-phase flow of liquid 
in which the bed is fully filled with liquid) operated at the 
same liquid flow rate, (De),, (liquid-filled operation). The 

wetting efficiency for both nondiluted and diluted beds is then 
given by 

(1) 

Nondiluted Bed (Catalyst Bed Only). The expressions need- 
ed to determine the effective diffusivity for two-phase flow 
and liquid-filled operation modes in nondiluted beds, which 
are required to evaluate external contacting efficiency, were 
developed and reported by Mills (1980), El-Hisnawi (19811, 
Mills and DudukoviC (1981), and Dudukovid and Mills (1986). 
The use of the experimentally measured variance in the ex- 
pressions for the moments in evaluation of effective diffusiv- 
ity require liquid-solid mass-transfer coefficient, k,, and 
Peclet number for axial dispersion, Pe,, to be evaluated. In 
liquid-filled operation, it was found that the effect of k ,  on 
u2  vanishes with an increase in liquid flow rate, while the 
effect of Pe, is negligible at moderate to high liquid flow 
rate (El-Hisnawi, 1981). Hence, the effective diffusivity of the 
tracer in liquid-filled operation, (De),,, can be evaluated at 
the flow rate of interest without the use of any correlation for 
k ,  and Pe,. This can be achieved by calculating the dimen- 
sionless variance, u;, at different flow rate. Plotting u; vs. 
volumetric flow rate yields a straight line. By utilizing the 
expression of the line’s slope, (De),, for a particular bed of 
particles can be obtained (Mills, 1980). 

In two-phase flow El-Hisnawi (1981) found that the effect 
of k ,  and Pe, is even less pronounced compared to liquid- 
filled operation and can be neglected. Therefore, the u; ex- 
pression can be simplified further to evaluate the effective 
diffusivity in two-phase flow experiments, (De),. Tables 2 
and 3 summarize the first moments and variance expressions 
for cylindrical extrudates (i.e., infinite cylinder extrudate ap- 
proximation) and spherical porous catalysts, respectively, for 
nonvolatile and nonadsorbing tracers implemented in this 
study. El-Hisnawi (1981) has shown that the infinite cylinder 
approximation can be used for the extrudates’ aspect ratio 
(catalyst length over the diameter) used in this study. 

The obtained impulse-response signal, and its moments ( pl 
and u2), in both two-phase flow and liquid-filled experi- 
ments, represent both the catalyst bed and the system exter- 
nals to the bed (e.g., tubes, fittings, reactor head and bottom, 
connectors, valves). Therefore it is necessary to evaluate the 
moments of the catalyst bed only. This is achieved by per- 
forming liquid-filled and two-phase flow experiments without 
the catalyst bed (i.e., only system externals) at various liquid 
flow rates as discussed by Mills and DudukoviC (1981, 1982). 
It was found that gas velocity and density (reactor pressure) 
has a negligible effect on the moments of the externals. The 
first moment, pl, is a linear function of the inverse of liquid 
volumetric flow rate, as required by the central volume prin- 
ciple, while the variance is best correlated with the volumet- 
ric flow rate in power-law form, u * a Q-‘ (Al-Dahhan, 1993; 
El-Hisnawi, 1981). Hence, pl and u 2  of the bed externals 
can be evaluated at the same liquid flow rates at which over- 
all system experiments (bed and externals) are conducted. By 
subtracting the values of the moments of the externals from 
those of the overall system, the moments of the catalyst bed 
alone can be determined (DudukoviC and Felder, 1983; Lev- 
enspiel, 1986). In the liquid-filled mode of operation, a 
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Table 2. Expressions for Moments of the Impulse Tracer 
Response for Cylindrical Catalyst (Infinite Cylinder 

Approximation) for a Nonvolatile and Nonadsorbing Tracer 

Theoretical Expressions 
Nondiluted Bed 

Two-Dhase flow oDeration 

The dimensionless variance exmession: 

Liquid-filled operation 
EL = Eg 

The relationship between u; and Q, is linear with slope equal to 
the following expression: 

slope = ' 

' e x r ,  l - E B  V € B  1+- - 1 2G ( EB )"f' 
Diluted Bed with Fines 

Two-phase flow operation 

The dimensionless variance expression is 

rr2 = -" 

Liquid-filled operation 
In liquid-filled operation, liquid holdup (q)  is replaced by the 
actual bed voidage (q,f). The following is the slope expression 
of uz vs. Q,: 

El-Hisnawi, 1981; Al-Dahhan, 1993. 

smaller volume of the reactor head (i.e., liquid-phase distrib- 
utor) than that used in two-phase flow is utilized. This was 
found in this work, as well as by El-Hisnawi (19811, to pro- 
duce a better response signal. One should note that Mills and 
DudukoviC (1988, 1989) analyzed the tracer response data by 
convolution and deconvolution methods where they com- 
pared experimental RTDs and the fit of the predicted curve 
with the model used. The differences were within the accu- 
racy of the experimental tracer response measurements. 

For a diluted 
bed packed with a mixture of catalyst and fines, the expres- 
sions needed to calculate the effective diffusivities in both 
liquid-filled and two-phase flow operations can be obtained 

Diluted Bed (Mixture of Catalyst and Fines). 

Table 3. Expressions for the Impulse Tracer Response for 
Spherical Particles for a Nonvolatile and Nonadsorbing 

Tracer 

Theoretical Expressions 
Nondiluted Bed 

Two-phase flow operation 

The dimensionless variance expression is 

QL u,z = - 
v, EL 

Liquid-filled operation 

The relationship between u; and Q, is linear with a slope equal to 
the following expression: 

( I - E ~ ) $  r,' 

EB 1 5 ( D e ) ~ ~  
2 '  slope = 

(1 -  EB)Ep 
F E E [ ' +  EB ] 

Diluted Bed with Fines 
Two-phase flow operation 

The dimensionless variance expression is 

Liquid-filled operation 

In liquid-filled operation, liquid holdup (q,) is replaced by the 
actual bed voidage (cBf). The following is the slope expression 
of cr; vs. Q,: 

( I - P ~ ~ C ~  r j  

Mills and DudukoviC, 1981; Al-Dahhan, 1993. 

by modifying the expressions for nondiluted bed (Tables 2 
and 3-nondiluted bed) as follows (Al-Dahhan, 1993): 

1. The catalyst particle radius, rp, is used as in the case of 
the nondiluted bed, since the tracer diffusion occurs only into 
the pores of the catalyst particles (because the fines are non- 
porous silicon carbide particles). 

2. In the expressions for two-phase flow (Tables 2 and 
3-nondiluted bed), the voidage of the nondiluted bed, eB, 
which is (total bed volume-catalyst volume)/total bed vol- 
ume, is replaced in the expressions for the diluted bed by EB 
defined as the volume fraction of the reactor not occupied by 
catalyst particles: 

(total bed vol. -cat. vol.) 
total bed vol. 

EB = ( 2 )  

Hence, ZB for a diluted bed that is packed according to the 
recommended procedure (fines just fill its voidage) is the same 
as the voidage of the original undiluted bed, eB. However, for 
a bed that is not packed based on the recommended proce- 
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Figure 4. Experimentally covered trickle-flow regime 
based on flow map of Fukushima and Kusaka 
(1977a,b). 

dure (e.g., for highly diluted bed such as 2 volume fines/l 
volume catalyst) FB is larger than eB. The bed tracer mass 
balance equation in the interstitial liquid is (Mills, 1980; El- 
Hisnawi, 1981) 

The term aLsNLs is the rate of tracer loss to particles by 
liquid-solid mass transfer to liquid-filled pores, where aLs is 
the effective (i.e., wetted) liquid-solid area through which 
mass transfer of tracer may occur from liquid bulk to the 
catalyst particle surface per unit volume of the reactor. Thus, 
the only difference between the aLs expression for the undi- 
luted catalyst bed and that of the diluted bed occurs in the 
definition for the bed voidage mentioned earlier. Hence, aLs 
in the nondiluted, and in the diluted bed is defined as fol- 
lows: 

Catalyst bed only 

where 

cat. vol. 
total bed vol. 

(1 - E B )  = 

Diluted bed (catalyst and fines) 

where 

2600 September 1996 

Table 4. Range of Covered Operating Conditions 

Condition 
Covered 
Range 

Reactor pres., MPa 

Gas superficial velocity, cm/s 
Gas superficial mass velocity, kg/mz - s 
Liquid superficial flow rate, mL/min 
Liquid superficial mass flow rate, kg/m2. s 
Temperature, K 

(Psig) 

~ ~~ 

0.31 I P 5 1.82 
(30 5 P I 250) 
1 I U, 2 8.5 

6 . 6 4 ~  low3 I G I 4.0 
15 2 QL I 70 

0.42 I L s 2.1 
= 298 

cat. vol. 
total bed vol. 

(1 - ZB) = 

3. In the expressions for the liquid-filled operation, the 
liquid holdup, eL, and the bed voidage, E ~ ,  in two-phase flow 
expressions (Tables 2 and 3-nondiluted bed) are replaced 
by the actual voidage of the diluted bed, EBf (i,e., the volume 
fraction of the reactor unoccupied by either catalyst or fines) 
and EB previously discussed in (21, respectively. EBf of the 
diluted bed is defined as follows: 

(total bed vol. -cat. vol. -fines vol.) 
total bed volume . (4) ‘Bf = 

Accordingly, the expressions for a diluted bed with fines re- 
quired to evaluate the effective diffusivities in both liquid- 
filled and two-phase flow operations are reported in Tables 2 
and 3 for extrudate and spherical particles, respectively (Al- 
Dahhan, 1993). 

Operating conditions investigated 
The flow conditions covered in this study are within the 

trickle-flow regime based on the available flow maps (Char- 
pentier and Favier, 1775; Talmor, 1977; Fukushima and 
Kusaka, 1977a,b). For illustration, Figure 4 shows the range 
of the investigated operating conditions superimposed on the 
flow map of Fukushima and Kusaka (1977a,b). All the data 
are in the trickle-flow regime in agreement with other flow 
maps, also. Visual observation through the acrylic window and 
stable pressure-drop measurements also confirm that the flow 
regime is trickle flow. The selection of the physical system 
used in this study is based on earlier studies by Schwartz et 
al. (1976), Mills (1980), Mills and DudukoviC (1981), and 
Hanratty and DudukoviE (1992). Thus the hydrocarbon sol- 
vent is selected to be hexane. The selected tracer compound, 
which gives the desired nonvolatile and nonadsorbing charac- 
teristics, is high purity n-heptane. Nitrogen is used as the gas 
phase since it has low solubility in liquid hydrocarbons. The 
range of reactor pressure, liquid, and gas superficial veloci- 
ties covered are listed in Table 4. 

Different bed characteristics and degrees of bed dilution, 
shown in Table 5, have been used to investigate the effect of 
fines on catalyst contacting efficiency, pressure drop, and liq- 
uid holdup. In Table 5 the evaluated liquid-filled effective 
diffusivities are listed as well. The somewhat higher effective 
diffusivity obtained in a liquid-full highly diluted bed (2 vol- 
umes fines/l volume catalyst), compared to the one deter- 
mined for the bed of undiluted extrudates and for the bed of 
extrudates diluted with fines by the recommended procedure 
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Table 5. Packed-Bed Characteristics 

Liquid-filled 
Reactorflacking Bed Characteristics Effective Diffusivity Packing Procedure 

Nondiluted Bed 
0.5% Pd on alumina-stainless d ,  = 2.19 cm, length = 51.61 cm; 

cat. type: porous extrudate; 
size = 0.157 cm X0.43 cm; 

17.49 X l o T 6  cm*/s Portion by portion with tapping 
steel reactor 

= 0.199 cm; E = 0.599; 
Pbulkcat = 1.189 gkmP33; 
dJdp = 11; eB = 0.36 

Silica shell-stainless steel d ,  = 2.19 cm, length = 51.63 cm; 14.82X cm2/s Portion by portion with tapping 
reactor cat. type: porous sphere; 

dp  = 0.152 cm; ep = 0.697; 
Pbulkcaf.= 0h97 @m3; 
dr/dp = 14.6; eB = 0.41 

Diluted Bed with Fines 
Fines Type: nonporous silicon carbide 

dp = 0.021 cm; 
pbulk = 1.51 g/cm3; 

d ,  = 2.19 cm, length = 53.81 cm; 
vol. fines/vol. cat. = 0.54; 
eBf = 0.22; ZB = 0.38; 

d ,  = 2.19 cm, length = 51.51 cm; 
vol. fines/vol. cat. = 2; 
eBf = 0.35; ZB = 0.77; 

 material = 3.21 g/cm3 
0.5% Pd on alumina/fines 

(fines just fill the bed voidage) 
-stainless steel reactor 

0.5% Pd on alumina/fines 

17.98 x cm2/s Packing dry a portion of catalyst then 
a portion of fines with tapping ac- 
cording to the recornmened proce- 
dure (4-Dahhan et al., 1995) 

Mixing a portion of 2 vol. of fines 
and 1 vol. of catalyst in the presence 
of a solvent until the mixture be- 
comes as uniform as possible, then 
introducing the mixture part by part 
with pressing each part inside the 
bed (Al-Dahhan et al., 1995) 

Silica shell/fines (bed voidage d,  = 2.19 cm, length = 53.51 cm; 14.3 X cm2/s Recommended procedure as previ- 
ously mentioned 

18.95X10-6 cm2/s 
(2:1, fines/cat.)-stainless 
steel reactor 

is partially filled with fines) 
-stainless steel reactor 

vol. fines/vol. cat. = 0.4; 
eBf = 0.31; ZB = 0.42; 
Note: according to the recommended 
procedure, the ratio of fines/cat. 
is 0.7 

(e.g., SO as to contain only the fines needed to fill the original 
bed voidage), is apparently due to increased accessibility of 
the catalyst to the tracer in highly diluted beds, which is re- 
flected in the calculated somewhat larger diffusivity. The 
maximum difference, however, is not large (5.4%). This can 
be phenomenologically explained as follows. At high dilution 
with fines each catalyst particle is far removed from another 
catalyst particle and receives the tracer-without interaction 
with other catalyst particles. In other diluted beds (e.g., 
packed according to the recommended procedure), the cata- 
lyst particles touch and together act as an effectively larger 
particle. Since the mathematical model is always based on 
the actual catalyst diameter, the former bed will yield slightly 
higher computed diffusivity. 

Prior to each two-phase flow experiment, the catalyst bed, 
after being extensively prewetted by soaking the bed and 
leaving it overnight soaked, is operated first in the high inter- 
action regime (pulse and/or bubble-flow regime) at high liq- 
uid mass velocities. The mass velocities are then reduced to 
the desired level at which wetting efficiency, pressure drop, 
and liquid holdup are measured. This procedure, in addition 
to the uniform liquid/gas distribution at the bed entrance, 
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minimizes liquid maldistribution and prevents hysteresis ef- 
fects in measured pressure drop (Kan and Greenfield, 1979; 
Levec et al., 1988). Upon the previously described startup 
procedure, the operation is assumed to be stable when the 
reactor pressure, pressure drop, and the gas and liquid 
throughout do not change for at least 10 minutes. At this 
stage the tracer is injected into the liquid stream. The experi- 
mental data of the typical differential refractometer and gas 
chromatograph output, E ( t )  curves, the first moment, vari- 
ance, and dimensionless variance, of the impulse responses 
for the beds can be found in Al-Dahhan (1993). The first 
moment, variance, and dimensionless variance are repro- 
ducible within +5%. As an example, Figure 5 shows a com- 
parison of the E-curves at closest available liquid mass veloc- 
ities for the nondiluted extrudate catalyst bed and the diluted 
bed packed with a mixture of extrudate catalyst and fines 
according to the recommended procedure. The same trend 
(with broader spread of the response peak about the mean) 
has been reported by Van Klinken and Van Dongen (1980) 
for a system of different physical properties and for liquid 
mass flow rate an order of magnitude smaller than that of the 
data presented in Figure 5. 
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Figure 5. Normalized tracer impulse-response for non- 

diluted vs. diluted beds packed by the recom- 
mended procedure. 
System: hexane/nitrogen; tracer: n-heptane; catalyst: porous 
0.5% Pd extrudate ( (dp)eq = 0.199 cm); vol. fines/vol. cat. = 
0.54 (packed by the recommended procedure), eBf = 0.22; 
pressure = 0.31 MPa (30 psig); UG = 1.0 cm/s; without fines; 
p ,  = 129 s, ui = 0,212; with fines: p,  = 161 s, u; = 0.153 (the 
bed characteristics are in Table 5).  

Results and Discussion 
The effects of fines on catalyst wetting efficiency, pressure 

drop, and liquid holdup are interlinked. Figure 6b and 6c 
demonstrate the influence of fines on pressure drop and liq- 
uid holdup in a diluted bed packed by the recommended pro- 
cedure (i.e., fines only fill the voids). At 0.31 MPa and 1.02 
cm/s, superficial gas velocity, pressure drop, and liquid 
holdup are larger in the diluted bed compared to those in the 
undiluted bed at the same mass velocities. Pressure drop in- 
creases in the diluted bed because bed voidage of the diluted 
bed ( cBf = 0.22) is less than that of the nondiluted bed (cBf 
= 0.36), and in the former bed the flow is retarded further 
causing more energy dissipating, and hence higher pressure 
drop. Liquid holdup is larger in the diluted bed than in the 
undiluted bed because solid-to-solid contact points over which 
liquid flows are more numerous in the diluted bed. Hence, at 
fixed operating conditions, total external liquid holdup in- 
creases in a diluted bed as indicated by a residence time dis- 
tribution that shifts to longer time. The same effect is ob- 
tained in a diluted bed of spheres packed with less fines than 
determined by the recommended procedure (i.e., the spheres' 
bed voidage is partially filled with fines), as shown in Figure 
7b and 7c. However, the smaller amount of fines produces a 
smaller pressure drop and less holdup in this particular cata- 
lyst bed compared to those in diluted bed with fines that fill 
completely its bed voidage (i.e., packed according to the rec- 
ommended procedure). 

The effect of the reactor pressure and gas flow rate on 
pressure drop and liquid holdup obtained in a diluted bed of 
extrudates is shown in Figure 8a and 8b, respectively. It is 
obvious that at fixed liquid mass velocity, as the reactor pres- 
sure and gas flow rate increase, pressure drop increases sig- 
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Figure 6. Effect of fines on catalyst wetting efficiency 
(a), pressure drop (b), and liquid holdup (c) in 
a diluted bed of extrudates. 
System: hexane/nitrogen; tracer: n-heptane; catalyst: porous 
0.5% Pd extrudate ((dP& = 0.199 cm); vol. fines/vol. cat. = 
0.54 (packed by the recommended procedure); sBf = 0.22 
(the bed characteristics are in Table 5). 
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(c) 
Effect of fines on catalyst wetting efficiency 
(a), pressure drop (b), and liquid holdup (c) in 
a diluted bed of spheres with less fines than 
that required by the recommended proce- 
dure. 
System: hexane/nitrogen; tracer: n-heptane; catalyst: porous 
spherical silica shell (d,  = 0.152 cm); vol. fines/vol. cat. = 0.4; 
cBf = 0.305 (the recommended procedure required vol. 
fines/vol. cat. = 0.7) (the bed characteristics are in Table 5) .  
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nificantly while liquid holdup decreases noticeably, which is 
similar to what was found in a nondiluted bed (AI-Dahhan 
and DudukoviC, 1994; A-Dahhan, 1993; Wammes, 1990). A 
comparison of pressure drop and liquid holdup obtained in a 
nondiluted bed, diluted bed packed according to the recom- 
mended procedure, and diluted bed with a ratio of 2 volumes 
of fines to 1 volume of extrudates packed by the wet method 
(mixing portion of catalyst with required portion of fines in 
the presence of a solvent until the mixture becomes as uni- 
form as possible and then introducing the mixture part by 
part by pressing each part inside the reactor) is illustrated in 
Figure 9b and 9c. The data reveal that the pressure drop in 
the diluted packed bed with 2 volumes of fines to 1 volume of 
catalyst is less than that of the bed packed by the recom- 
mended procedure. This is because the voidage in the first 
bed (2:l fines/catalyst; eBf = 0.35) is larger than that of the 
second bed (fines just fill the voidage, cBf = 0.22). However, 
liquid holdup is higher in the bed of 2 volumes of fines to 1 
volume of extrudates due to more available void space for 
the liquid around a larger number of solid-to-solid contacting 
points over which liquid flows. It is evident that such effects 
affect wetting efficiency in the diluted bed, since at high- 
pressure operation, both pressure drop and liquid holdup 
were found to affect catalyst wetting due to better spreading 
of liquid over the catalyst bed as described phenomenologi- 
cally by Al-Dahhan and DudukoviC (1995). 

As shown in Figures 6a, 7a and 9a, the results of this study 
quantitatively confirm that diluting the bed with fines im- 
proves the catalyst wetting efficiency. Figure 6a compares the 
contacting efficiency in an undiluted bed of extrudates with 
that of a diluted bed packed according to the recommended 
procedure. It shows that liquid-solid contacting efficiency, 
qcE, increases as a result of dilution with fines. As reactor 
pressure and gas flow rate increase, pressure drop increases 
and contacting efficiency increases due to the better spread- 
ing of the flowing liquid. The increase in reactor pressure 
(gas density) and/or gas flow rate increases the pressure gra- 
dient, which increases the driving force acting on liquid flow. 
This causes a decrease in liquid holdup, but the remaining 
liquid film spreads better around the catalyst. A decrease in 
the liquid film thickness, and an increase in the shear stress 
on the gas-liquid interface, due to larger pressure drop 
caused by either higher gas velocity or pressure (gas density), 
result in an improved spreading of the liquid film over the 
external packing area, making them more wet. As the liquid 
flow rate increases, both liquid holdup and pressure drop in- 
crease, which yields further improvement in the wetting effi- 
ciency (AI-Dahhan and Dudukovid, 1995; Al-Dahhan, 1993). 

The increase in wE in a more diluted bed (2 volumes of 
fines/l volume of catalyst) was found to be comparable to 
that of the diluted bed with just enough fines to fill its voidage 
(the recommended procedure) as illustrated in Figure 9a. This 
is related to finding that the pressure drop in the diluted 
packed bed with 2 volumes of fines to 1 volume of catalyst is 
less than that of the recommended procedure, while liquid 
holdup is higher. Hence, the effect of lower pressure drop 
and higher liquid holdup in a diluted bed with more voidage 
on the contacting efficiency compensate each other in pro- 
ducing the same contacting efficiency at a given liquid flow 
rate as in the bed of less voidage and of higher pressure drop 
and lower liquid holdup. It is noteworthy that while fines do 
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Figure 8. Effect of reactor pressure and gas flow rate 
on pressure drop (a) and liquid holdup (b) in 
a diluted bed of extrudates. 
System: hexane/nitrogen; catalyst: porous 0.5% Pd extru- 
date ((dJeq = 0.199 cm); vol. fines/vol. cat. = 0.54 (recom- 
mended procedure); eBf = 0.22 (the bed characteristics are 
in Table 5). 

improve the contacting efficiency at all liquid mass velocities, 
contacting efficiency is not unity (as sometimes assumed) and 
still remains a function of the liquid velocity. 

Conclusions 
Catalyst wetting efficiency is improved in a diluted bed 

containing the mixture of catalyst and fines, and liquid holdup 
and pressure drop in such a bed increase as well. A repro- 
ducible procedure summarized in the Appendix to pack the 
diluted bed is recommended (Al-Dahhan et al., 1995). This 
procedure is based on filling the voidage of the original dry 
bed with dry fines. In a highly diluted bed (packed by the wet 
method with pressing) pressure drop was found to be smaller 
due to more voidage, while liquid holdup is larger due to the 
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(c) 
Figure 9. Comparison of catalyst wetting efficiency (a), 

pressure drop (b), and liquid holdup (c). 
Obtained in a nondiluted bed of extrudates, diluted bed with 
vol. fines/vol. cat. = 0.54 (recommended procedure), and di- 
luted bed with vol. fines/vol. cat. = 2 packed by wet method, 
pressure: 0.31 MPa (30 psig); CJ, = 1.0 cm/s (the bed charac- 
teristics are listed in Table 5).  

larger number of solid-to-solid contact points compared to 
those of a bed packed according to the developed procedure. 
The improvement of catalyst wetting efficiency in a highly 
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diluted bed is approximately similar to that obtained in the 
bed packed by the developed procedure. This would indicate 
that the effect of a smaller pressure drop and larger liquid 
holdup in a highly diluted bed compensate each other and 
produce contacting obtainable in the bed packed by the rec- 
ommended procedure, which has higher pressure drop and 
less liquid holdup. Therefore, packing the bed with a mixture 
of catalyst and fines by the recommended procedure (fines 
just fill the voidage) is the only method that ensures not only 
improved catalyst contacting but also a uniform catalyst and 
fines distribution and reproducibility of such distribution. 
These are not obtainable by other packing methods (Al-Dah- 
han et al., 1995). 

The quantitative improvement of the contacting efficiency 
in the diluted bed, as shown in Figures 6a, 7a and 9a, are 
consistent with Koros’s (1976) findings, which were based on 
studies of hydrogen peroxide decomposition in evaluating the 
effect of fines (sand) on the catalyst utilization efficiency. 
Thus, the improvement of liquid-catalyst contacting effi- 
ciency in a diluted bed improves the performance of labora- 
tory reactor as discussed earlier. However, the extent of im- 
provement would depend on the type of reaction. 

Our purpose in this work is to demonstrate that the asser- 
tion that fines improve contacting has a basis in fact, and that 
this is achieved at the expense of increased pressure drop 
and lower liquid holdup. Further work is recommended for 
gathering an extensive database (different solvent, particle 
sizes, and shapes, etc.) to develop a model that predicts the 
percentage change in the catalyst wetting in the diluted bed. 
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Notation 
c = tracer concentration, moi/m3 

D, = axial dispersion coefficient, m2 s 
g = gravitational acceleration, m/s 4 

Ga, = liquid Galileo number, d; p&&/&(l- e B ) 3 ,  dimensionless 
Ga, = gas Galileo number, d; p&&&(l- €,I3, dimensionless 

Re, = liquid Reynolds number, U, pLdP/pL(l - eB), dimensionless 
Re, = gas Reynolds number, U, pcdp/pG(l - eB), dimensionless 

A P/Z = pressure drop per unit bed length, N/m3 
QL = liquid volumetric flow rate, m3/s 

s,, = external area of catalyst pellet, m2 

U, = superficial liquid velocity, m/s 
U, = superficial gas velocity, m/s 
v = particle volume, m3 
Lf = reactor bed volume, m3 
Z = packed-bed length, m 

t=  time, s 

1 - ZB = volume of catalyst per reactor volume 
eLLd = dynamic liquid holdup per reactor bed volume 
eLs = static liquid holdup per reactor bed volume 
E,, = internal liquid holdup per reactor bed volume (inside the 

eLr= total liquid holdup (external and internal) per reactor bed 

ep = particle porosity 

p 1  = first moment, S, pL1 = jdptE(t)dt 

p2= second moment, s2, p2 =Jmtz E(t)dt 
pL = liquid viscosity, N * s/m2 

pores) for porous particles 

volume ( E ,  + eLi) 

0 
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pG = gas viscosity, N * s/m2 
pL = liquid density, kg/m3 
p, = gas density, kg/m3 
c2= variance or second central moment, s2  

lm(t - p1I2E(t)dt 

kmE( t )dt 

2 
= Fz - Fl ( + 2 =  0 

IT; = dimensionless variance, cr; = (r ’//I.; 
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Appendix: Recommended Technique to Pack 
a Diluted Bed Reproducibly 

The following is the step-by-step procedure developed and 
recommended by Al-Dahhan et al. (1995) to pack the diluted 
bed reproducibly. 

Portion of cataZyst by portion offines packing procedure 
1. Use dry catalyst and fines. 
2. Load the reactor with the known amount of catalyst to 

3. Calculate the catalyst bed void volume based on the cat- 

4. Discharge the catalyst. 
5. Calculate the amount of fines that is required to just fill 

all the bed voidage volume as: 

weight of fines required = bed void volume *fines bulk density 

6. Divide the amount of catalyst and fines into portions. 

be utilized and determine the bed height. 

alyst amount in step 2. 
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The number of portions (i.e., amount of each portion) was 
found not to be critical. The user can choose a number of 
portions based on convenience (e.g., 5 to 10 cm catalyst bed 
length is packed at a time). 

7. Load a portion of the catalyst to the reactor. Gently tap 
or vibrate the reactor until the catalyst bed settles. The dura- 
tion of the vibrating or tapping period was found not to be 
critical. A few minutes is adequate. 

8. Load a portion of fines to the reactor. Vibrate or tap 
the bed gently, which qualitatively means maintaining the 
original bed of catalyst as stable as possible while the fines 
migrate to fill its voids. Tapping/vibrating is continued until 
the top layer of the catalyst becomes visible. It is critical to 
detect this since when the tapping/vibrating period exceeded 
the time of the appearance of the catalyst layer at the top, 
segregation occurred. Therefore in case of a stainless steel 
tube that is frequently used in practice, a light source and/or 
optical fiber can be utilized to observe the bed surface. 

9. Repeat steps 7 and 8 until the total amount of catalyst 
and fines are packed. It should be noted that tapping/vibrat- 
ing of the next portion of catalyst and/or fines does not lead 
to segregation of the previously loaded portions (if 
tapping/vibrating is kept as qualitatively described in step 8). 
This is because the new portion of fines migrates to fill the 
voidage above the previous loaded mlxture. 

Note: The expansion in the bed height due to the addi- 
tion of fines and tapping was found to be within 2%. 

wholebed packing procedure 
In a long stainless steel reactor with small inside diameter 

it is very difficult to observe the top surface of a short bed at 
the bottom with the help of a light source. Moreover, an opti- 
cal fiber is not always available for this purpose. Therefore, 
another procedure of packing the whole bed is tested and 
recommended by Al-Dahhan et al. (1995). This seemed 
promising based on the finding of step 6 that the number of 
portions used are not critical. Such procedure overcomes the 
difficulties associated with monitoring the catalyst surface at 
the reactor bottom. In contrast, the catalyst surface at the 
upper part of the reactor can be easily observed. The step- 
by-step procedure is as follows: 

1. Follow steps 1 to 5 of the procedure just outlined. 
2. Load the amount of catalyst required portion by portion 

with associated tapping/vibrating. This is recommended to 
make the bed stable and reproducible, 

3. Load all fines into the reactor. If there is not enough 
room to hold the total calculated amount of fines, load it 
portion by portion. Tap/vibrate until all the fines migrate into 
the bed and the top catalyst layer becomes visible. 

Note: (1) On the basis of whether there is adequate room 
to accommodate fines at the top of the reactor, the catalyst 
bed can be loaded in two portions. The first portion is the 
major one that gives a suitable volume to load the fines into 
it and helps in observing easily the top of the catalyst surface. 
(2) The expansion in the bed height due to the addition of 
fines and tapping was found to be even less than that of the 
first procedure, but in both of the procedures, the expansion 
is within 2% (for example, in a 50-cm bed, the expansion 
obtained with the first procedure is about 1 cm while with 
the second procedure is about 0.7 cm). 
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